

  ChemEngineering-05-00012




ChemEngineering-05-00012







ChemEngineering 2021, 5(1), 12; doi:10.3390/chemengineering5010012




Article



Impact of Carbon Dioxide on the Non-Catalytic Thermal Decomposition of Methane



Tobias Marquardt *, Sebastian Wendt and Stephan Kabelac[image: Orcid]





Institute of Thermodynamics, Leibniz University Hannover, Welfengarten 1, 30167 Hannover, Germany









*



Correspondence: marquardt@ift.uni-hannover.de







Received: 19 January 2021 / Accepted: 26 February 2021 / Published: 3 March 2021



Abstract

:

Economically and ecologically, the thermal decomposition of methane is a promising process for large scale hydrogen production. In this experimental study, the non-catalytic decomposition of methane in the presence of small amounts of carbon dioxide was analyzed. At large scales, natural gas or biomethane are possible feedstocks for the thermal decomposition and can obtain up to   5 %   carbon dioxide. Gas recycling can increase the amount of secondary components even further. Experiments were conducted in a packed flow reactor at temperatures from 1250 to 1350  K . The residence time and the amounts of carbon dioxide and hydrogen in the feed were varied. A methane conversion of up to   55.4 %   and a carbon dioxide conversion of up to   44.1 %   were observed. At   1300   K   the hydrogen yield was   95 %   for a feed of methane diluted in nitrogen. If carbon dioxide was added to the feed at up to a tenth with regard to the amount of supplied methane, the hydrogen yield was reduced to   85 %  . Hydrogen in the feed decreases the reaction rate of the methane decomposition and increases the carbon dioxide conversion.
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1. Introduction


Today, approximately   96 %   of hydrogen is produced by methane steam reforming, oil/naphtha reforming and coal gasification [1]. All of these processes result in a significant amount of   CO 2   emission. Alternatively to the implementation of carbon capture and storage in the classical production processes [2], the   CO 2   emissions can be reduced by a change in the general production process [3]. Electrochemical water splitting (water electrolysis) in combination with renewably produced electricity is under consideration for hydrogen production [4]. The main challenges are the limited capacity, and high operational and investment costs [5]. From economic and ecological perspectives the thermal decomposition of methane (TDM) could be an interesting alternative for large-scale hydrogen production [6,7,8]. In an endothermic reaction, methane is dissociated to solid carbon and hydrogen:


   CH 4  ⇌ C + 2  H 2  .  



(1)







Due to slow reaction kinetics and the strong C–H bond, a high temperature is crucial for reasonable methane conversions [9]. A catalyst allows a significant reduction of the reaction temperature. Typically, a metal or carbon catalyst is used [10].



Metal catalysts have the advantage of high initial catalytic activity, but due to carbon agglomeration in the active sites, the activity decreases rapidly. Mainly under consideration are Ni, Co and Fe-based catalysts. During methane decomposition over a metal catalyst, different nano-carbon types are formed that can improve the process’s economics as a valuable byproduct [11].



Carbon catalysts have the advantage of low costs and higher thermal stability [9]. Compared to metal catalysts, the activity is lower, but due to higher operation temperatures the hydrogen yield can be increased. In the literature, carbon black, activated carbon, graphite, nano-carbon types (SWCNT, MWCNT), glassy carbon, coal chars and coke have been evaluated as catalysts [12,13]. Due to carbon agglomeration in the micropores and mesopores of the catalyst, the number of active sites and the surface area decrease. Thus, the activity of the catalyst decreases as well [14]. The deposited carbon on carbon catalysts is disordered or turbostratic [15].



Non-catalyzed TDM needs to be operated at high temperatures to reach a high methane conversion. An advantage is the high purity of the produced carbon and there is no need to withdraw the deposited carbon from a catalyst. The reported deposited carbon types were carbon black [16,17] and graphite-like carbon [18]. The kinetics of the non-catalyzed TDM were extensively investigated in modeling and experimental studies [19,20,21,22,23,24]. Experiments are typically conducted while being dependent on the temperature and the residence time. However, only few studies are available where the feed gas mixture, except the type and amount of inert gas, was varied. In an early study of Kassel [19], it was found that a large hydrogen concentrations retard the reaction rate of the decomposition reaction. The experiments were conducted at a reaction temperature of   1033   K  . In contrast, Skinner et al. [20] observes in the temperature range of 1400–1800  K  no influence of the reaction products on the decomposition reaction rate. Abanades et al. [22] compares hydrogen and argon as carrier gases. At a temperature of   1973   K  , a slightly increased methane conversion is observed for the methane/hydrogen mixture.



A promising reactor concept for the TDM without a catalyst is the heat integrated moving bed reactor [7,25], which enables a continuous withdrawal of the carbon produced from the reactor and an efficient heat integration. Reported reaction temperatures are up to   1500   K   at a residence time up to   10   s   [23]. Due to the lower reaction temperatures compared to the plasma or concentrated solar reactors, the TDM is typically not complete [22]. At system level, the methane conversion can be increased further by recycling the tail gas from a hydrogen purification unit [26]. Thus, the inlet composition in the reactor is at least a mixture of methane and hydrogen. In case of natural gas or biomethane as feed, other components like ethane or up to   5 %   carbon dioxide [27] are also present in the mixture. Ethane is an intermediate product during the TDM reaction and can form hydrogen and solid carbon. Carbon dioxide expands the reaction mechanism and additional global reactions as   CO 2  -reforming or reverse water gas shift reaction can occur and form e.g., carbon monoxide. Due to a recycle at system level, the fraction of the byproducts can be increased further. The amount of byproducts can increase the necessary effort for process safety and hydrogen purification. Especially a large amount of carbon monoxide is critical if hydrogen shall be used for fuel cell applications [28].



The aim of this study was to investigate the influences of hydrogen and carbon dioxide on the reaction product of the non-catalyzed TDM reaction. The experiments were conducted in a ceramic packed bed reactor, which was placed in an electrical heated furnace. At first, pure methane or methane diluted in nitrogen was used as feed. Subsequently, small amounts of carbon dioxide were added to the methane feed to imitate conditions if, e.g., biomethane is used as feedstock. Additionally, hydrogen was added, which could occur due to gas recycling at the system level. Experiments were conducted at temperatures from 1250 to   1350   K  . A residence time of at least   10   s   was chosen. The microstructure of the deposited carbon was investigated by Raman spectroscopy.




2. Experimental


2.1. Experimental Setup


The experiments were conducted with the experimental setup depicted in Figure 1. A packed continuous flow reactor with a height of   195   mm   and a inner diameter of   110   mm   was used. The reactor and the bed material were made of alumina ceramic (   Al 2   O 3     ( 99.7 % )   ) to prevent any catalytic effects. The bed material (d = 5–7  mm ) was placed on a glass filter disc (  SiO 2  ), which was used to hold the bed material in place and to ensure a uniform gas distribution. A void fraction of   0.45   was approximated. The reactor was placed in an electrical heated furnace, i.e., a high temperature test rig (FuelCon Evaluator C1000HT, HORIBA FuelCon GmbH (Barleben, Germany)). The temperature was measured with four thermocouples (type N) in the reactor walls. Prior to the measurements, further thermocouples were inserted in the bed material to measure the temperature distribution inside the reactor under inert gas flow. To prevent a catalytic activity due to the sheath material, the thermocouples in the inside were removed before the TDM measurements [29]. The flow rate of methane, hydrogen, carbon dioxide and nitrogen as inert gas were measured and controlled by mass flow controllers (Bronkhorst EL-Flow, Bronkhorst Deutschland Nord GmbH (Kamen, Germany)). The gases were supplied by Linde with a purity level of   5.0   for hydrogen and nitrogen and   4.5   for methane and carbon dioxide. A gas chromatograph (PerkinElmer Clarus 580 GC Arnel 4017, PerkinElmer (Rodgau, Germany)) with a dual channel thermal conductivity detector (TCD) was used to measure the gas composition. The detection of hydrogen occurred in the first channel, where a molecular sieve and a HayeSep column were implemented; the carrier gas was nitrogen. In the second channel, which was also equipped with a molecular sieve and a HayeSep column, methane, ethane, ethylene, acetylene, carbon dioxide, carbon monoxide and nitrogen could be detected. Helium was used as carrier gas. The gas chromatograph (GC) was operated isothermally at   350   K   and was calibrated with a reference gas mixture, which contained all detectable gases.




2.2. Experimental Procedure


In advance of each measurement, the reactor was flushed with inert gas. Due to the discontinuous measurement of the GC, the gas composition was measured within an interval of at least   10   min  . Therefore, a partial gas flow was continuously branched and supplied to the sample loop of the GC. In each experiment, six GC measurements at the outlet and two measurements at the inlet were taken. The measurements at the inlet were conducted to reduce uncertainties regarding the gas supply and to be capable to calculate the methane and carbon dioxide conversion by the relative change in composition. Thus, additional uncertainties due to the calibration of the GC were reduced. All experiments were conducted at ambient pressure; the temperature was varied from 1250 to   1350   K  . The upper temperature was limited by the maximum operation temperature of the electrical furnace, which was   1373   K   for short-term measurements and   1323   K   for long-term measurements. Additionally, the gas composition and the residence time were varied. A total gas flow rate of 0.03–1   Nl / min   (  Nl  = ^    volume in liters at   273.15   K   and 101,325  Pa ) was used, which resulted in a residence time of approximately 350–10  s . The variation of the total gas flow was conducted for pure methane and   25   mol . %   methane diluted in nitrogen. The amounts of hydrogen and carbon dioxide were varied in a gas mixture which contained   25   mol . %   methane. A constant flow rate of   1   Nl / min   was applied. The maximum gas flow rate of   1   Nl / min   was chosen to obtain a residence time of approximately   10   s  . The methane flow rate was limited by the upper limit of the implemented mass flow controller (  0.25   Nl / min  ). In total 39 experimental runs are presented. Each measurement point is hold constant for   80   min  , except the measurements with a total flow rate below   0.1   Nl / min  , which were kept constant for   120   min   to ensure steady state conditions. After each variation the reactor was regenerated with steam to remove the deposited carbon and to prevent clogging. The supplied steam was diluted in nitrogen, to prevent condensation at the reactor outlet. During the endothermic steam regeneration, carbon monoxide and hydrogen were formed:


   H 2  O + C ⇌ CO +  H 2  .  



(2)







In advance of the measurements, the steam regeneration was tested. Figure 2 presents the outer view of the reactor and the view in the inside of the reactor before and after the steam regeneration was conducted. During TDM measurements at   1300   K   and different gas flow rates, carbon was produced at the entire cross section of the bed. After the steam regeneration, the deposited carbon was almost entirely removed. The steam regeneration was terminated if the concentration of carbon monoxide in the product gas vanished. Therefore, a regeneration time of approximately   12   h   was necessary.



The experiments were mainly evaluated by calculating the methane   X  CH 4    and carbon dioxide conversion   X  CO 2   :


   X  CH 4   =     n ·   in , CH 4   −   n ·   out , CH 4      n ·   in , CH 4    ,  



(3)






   X  CO 2   =     n ·   in , CO 2   −   n ·   out , CO 2      n ·   in , CO 2    .  



(4)







Especially relevant for the implementation of a methane decomposition process is the amount of hydrogen which is produced from the converted methane. Therefore, the efficiency of hydrogen formation is evaluated by the hydrogen yield:   Y  H 2   :


   Y  H 2   =     n ·   out , H 2   −   n ·   in , H 2     2    n ·   in , CH 4   −   n ·   out , CH 4      .  



(5)







If no intermediate products occur in the product, each converted methane molecule produces two hydrogen molecules. According to Equation (5) the hydrogen yield would then be   100 %  . Intermediates or byproducts would lower the hydrogen yield.



A similar variable is defined to evaluate the carbon dioxide conversion. From the oxygen balance, one molecule of carbon dioxide can produce up to two molecules of carbon monoxide. The carbon produced from the methane decomposition reaction or methane could provide the additional carbon atom. The carbon monoxide yield   Y CO   is defined as follows:


   Y CO  =    n ·   out , CO    2    n ·   in , CO 2   −   n ·   out , CO 2      .  



(6)








2.3. Experimental Uncertainty


In advance of the TDM measurements, the temperature within the reactor was measured. Therefore, three additional thermocouples were placed in the reactor bed at different heights and different radial positions. A maximum temperature deviation of   6   K   within the bed was found. Additionally, it was found that the deviation between the average bed temperature and the measured temperature in the reactor walls was always below   2   K  . Thus, it was suitable to use the temperatures in the reactor walls as the reference temperature. Nevertheless, it has to be mentioned that the local temperature could have been lowered due to the endothermic TDM reaction. At the temperatures evaluated in this study, the uncertainty of the used temperature sensors is given by   ± 7   K  . The uncertainty of the gas composition measurement is given by the uncertainty of the gas composition of the used calibration gas, and thus the associated uncertainty of the calculated calibration factor. Additionally, a statistical spread of repeated GC measurements is present. Finally, the uncertainty of the massflow controllers is given by the manufacturer (  ± 0.5 %   of measurement and   ± 0.1 %   of full scale).



In order to reduce the uncertainties regarding the GC calibration and the supplied gas flows, the methane conversion and the carbon dioxide conversion can be calculated by comparing the GC measurements at the inlet and outlet. The additional inlet measurements allow one to compare the measured peak areas directly. Thus, the conversion can be calculated without using the calibration factor and the supplied gas flows:


   X  CH 4   = 1 −   A  GC , CH 4 , out    A  GC , CH 4 , in      A  GC , N 2 , in    A  GC , N 2 , out    .  



(7)







  A  GC , i    is the raw peak area of the measured gas chromatogram. This calculation method is only valid if an additional inert component, in this study nitrogen, is supplied to consider the changed total mole rate. The same method (Equation (7)) is applied to calculate the carbon dioxide conversion. The remaining uncertainty is related to the statistical error in the GC measurements and a possible non-linearity of the TCD sensor. In total, four measurements at the outlet were used to calculate the average compositions and conversions. The standard deviations were used to calculate the error propagation. Maximum absolute uncertainties of   ± 0.8   percentage points for the methane conversion and   ± 1   percentage points for the carbon dioxide conversion were calculated. Including the uncertainties of the calibration coefficients of the GC, a relative uncertainty of up to   ± 1.2 %   for the molar fraction of each component was calculated. The repeatability and validity of the experiments were verified by repeating exemplary experiments after some weeks of operation and several steam regeneration cycles. The calculated methane conversion for the repeated experiments was always within the given uncertainty range. Some of the redundant measurements can be found in the Figure 3, Figure 5 and Figure 7.




2.4. Carbon Characterization


The produced carbon was analyzed by Raman spectroscopy using a Bruker Senterra equipped with a ANDOR DU420-OE CCD sensor (Bruker Optik GmbH (Rosenheim, Germany)). The wavelength of the laser line was   514.5   nm   and the diameter of the laser spot was   1   μm. Five scans with an integration time of   1   s   each were averaged. The spectra were taken in a scan mode from 100 to 4000   cm  − 1   . For each sample the measurements were conducted at least at two positions to confirm the homogeneity of the sample. The laser beam power was set to   2   mW  . In addition to the carbon samples, a reference sample of synthetic graphite with an ash content of <0.3% (manufacturer Chemsys GmbH (Castrop-Rauxel, Germany)) was investigated. All measurements were conducted at room temperature.





3. Experimental Results and Discussion


3.1. Time Evolution of Methane Conversion during TDM


Figure 3 presents the time evolution of the methane conversion after a completed steam regeneration at   1250   K  . The experiment was conducted for a mixture of   25   mol . %   methane diluted in nitrogen and a flow rate of   1   Nl / min   (corresponds to a residence time of approximately   10   s  ). During a time period of four hours, the methane conversion remained almost constant, which suggests that the carbon produced in the reactor had no measurable self-catalytic effect. After four hours the methane conversion decreased slightly, and reached at six hours of operation,   16.9 %  . After another six hours of operation, the methane conversion was reduced further to   15.5 %  . A possible explanation for the slight decrease could be a reduced residence time due to the increasing amount of carbon and thus a reduced porosity in the reactor.




3.2. Flow Rate and Temperature Variation


Figure 4 shows the methane conversion for the variation of the total flow rate at   1250   K   for pure methane and for a mixture of   25   mol . %   methane diluted in nitrogen. As described in Section 2.3, the experimental uncertainty for the methane conversion is   ± 0.8   percentage points. Error bars were hardly visible at the scale of the figures and were therefore omitted. The for pure methane is limited by the maximum value of the used methane mass flow controller (  0.25   Nl / min  ), and therefore the gas flow is reduced further. Due to the increasing residence time with decreasing flow rates, the methane conversion increases for lower flow rates. A maximum methane conversion of   41.5 %   was obtained at   0.03   Nl / min   for pure methane. The lowest methane conversion was obtained at   1   Nl / min  . If pure methane is supplied, the methane conversion is below the methane conversion of the methane/nitrogen mixture for equal flow rates. However, the overall reaction rate is higher. The higher reaction rate is related to the larger methane concentration at the inlet. In Table 1 the overall reaction rate and the average methane concentrations in the reactor are given for three flow rates and both methane inlet concentrations. The average methane concentrations were calculated by recalculating the experimental results with a plug flow reactor model. Based on a simple and commonly used kinetic approach for the global reaction [30]:


  −  r  CH 4   =  k  ( 1 )   ·  c  CH 4   m  CH 4 , ( 1 )    ,  



(8)




the reaction order   m  CH 4 , ( 1 )    can be approximated. By comparing the experimental results for pure methane and methane diluted in nitrogen, the reaction order   m  CH 4    becomes   1.033 ± 0.022  . This is in line with the literature, where typically, values of 1 are used for the methane decomposition reaction [23].



In Figure 5a the already presented measurement at   1250   K   is compared to a measurement at   1300   K  . As expected, the methane conversion increased significantly with increasing temperature. At the highest gas flow rate the methane conversion was nearly doubled by the temperature increase of   50   K  . The general courses of both curves dependent on the gas flow rate are very similar. During the measurements, acetylene (Figure 5b) and ethylene (Figure 5c) were detected as byproducts. In the above-discussed measurements with pure methane, a very small amount of ethane was detected as well (   x  C 2 H 6   ≈ 0.0005  ), but in the measurements with the methane/nitrogen mixture, the amount was probably below the detection level of the GC. In the condensate trap at the exhaust, additional undetectable long-chain hydrocarbons seemed to be present.



As can be seen in Figure 5b, the amount of acetylene increased with increasing temperature and increasing gas flow rate. This behavior was also observed for ethylene at   1250   K  . At   1300   K  , the molar fraction increased slightly for a decreasing gas flow rate until it reached a maximum. Finally, the amount of ethylene decreased with a decreasing gas flow rate. In the TDM measurements presented by Billaud et al. [31], which were conducted at   1263   K   in an empty alumina reactor, acetylene and ethylene were also the byproducts in the largest amounts. Billaud et al. varied the residence time for pure methane from below   1   s   to   6   s  . At a residence time of   6   s   about   70 %   of the byproducts were acetylene and ethylene. In total, the molar fraction of byproducts was found to be   0.013  . Goehler et al. [32] presents TDM measurements in a packed bed reactor (filled with coke) at   1323   K   and residence times from about   1   s   to   11   s  . At a residence time above   6   s   the molar fraction of the cumulative amount of acetylene, ethylene and benzene was 0.010–0.014. In order to compare these results with this study, nitrogen was neglected for the calculation of the byproduct molar fraction. At the lowest residence time in this study (about   10   s   at   1   Nl / min  ), the molar fraction of the byproducts becomes 0.012–0.016, which is in line with the literature.



The total amount of byproducts reduced the hydrogen yield, which is presented together with the methane conversion in Figure 6 for three investigated temperatures. The given error bars are related to the uncertainties of the gas composition measurement (calibration and standard deviation of averaged measurements) and the following error propagation for the calculation of   Y  H 2   . An increasing temperature increased the hydrogen yield by up to   97.6 %   at   1350   K  . At first glance, this behavior is counterintuitive to the increasing amount of byproducts with increasing temperature (see Figure 5), but the hydrogen yield is related to the amount of byproducts due to the amount of reacted methane. The methane conversion increased from   0.178   at   1250   K   to   0.554   at   1350   K  , and thus in total an increasing hydrogen yield was obtained.




3.3. Hydrogen and Carbon Dioxide Variation


In the following, all presented measurements were conducted with a constant flow rate of   1   Nl / min   and a methane mole fraction of    x  CH 4 , in   = 0.25  . The amount of nitrogen was varied depending on the amount of carbon dioxide or hydrogen in the feed. Carbon dioxide is present at up to   2 %   in natural gas [33] and at up to   5 %   in biomethane [27]. In this study carbon dioxide was added by up to a tenth per mole of the supplied methane flow. Additional hydrogen could be in the reactor feed if, at system level, gas recycling was implemented [26]. This was simulated by adding hydrogen at up to a fourth per mole of the methane flow. If carbon dioxide is added to such a feed, the set of possible reactions is enlarged, and the hydrogen production could be influenced. In accordance to the reactions which could occur during non-catalytic   CO 2  -reforming [34], the additional global reactions might be the Boudouard, the reverse water gas shift, the   CO 2  -reforming and the methane steam reforming reaction:


   CO 2  + C ⇌ 2 CO ,  



(9)






   CO 2  +  H 2  ⇌ CO +  H 2  O ,  



(10)






   CH 4  +  CO 2  ⇌ 2 CO + 2  H 2  ,  



(11)






   CH 4  +  H 2  O ⇌ CO + 2  H 2  .  



(12)







Figure 7 presents the variation of carbon dioxide. The   CO 2  /  CH 4   ratio at the first measurement point with carbon dioxide in the feed was similar to the ratio found in biomethane [27]. As can be seen in Figure 7a at   1250   K  , the methane conversion remained almost constant, but at   1300   K   the methane conversion increased slightly with an increasing amount of carbon dioxide. For both temperatures the carbon dioxide conversion decreased with an increasing amount of carbon dioxide in the feed. The increase in temperature increased the carbon dioxide conversion to a similar extent as the methane conversion. As there was no increase in the methane conversion at   1250   K  , the most reasonable reaction pathway for carbon dioxide was the reverse water gas shift (rWGS (10)) or the Boudouard reaction (9). The decreasing carbon dioxide conversion could have been due to an inhibition effect of the carbon monoxide, which is especially observed for the Boudouard reaction (9) [35], or a reaction order with respect to carbon dioxide of less than one. The increasing methane conversion at   1300   K   could have been a product of an accelerated   CO 2  -reforming reaction (11). Zhang et al. [34] reports for non-catalytic conditions a beginning   CO 2  -reforming at a temperature of   1223   K  , which increases rapidly for higher temperatures.



In Figure 7b the hydrogen yield is presented. For both temperatures, the magnitude and shape of the curves are very similar. For the pure TDM measurements at    x  CO 2 , in   = 0   the hydrogen yield was close to   95 %  . Considering the hydrogen bounded in the byproducts given in Figure 5b,c, the hydrogen yield was larger than   99.5 %  , which suggests that the main byproducts were detected. An increasing amount of carbon dioxide in the feed leads to a decreasing hydrogen yield. This is partly related to slightly increasing amounts of acetylene and ethylene, but the hydrogen balance reveals that additional byproducts have to be present. The decreasing hydrogen production could have been a result of an increasing progress in the rWGS reaction, which consumes hydrogen, or the formation of other not-detectable byproducts.



The probability of an increasing progress in the rWGS reaction can be predicted by evaluating the carbon monoxide yield. If carbon dioxide is mainly consumed by the Boudouard reaction or the   CO 2  -reforming,   Y CO   tends to   100 %  . In contrast, a predominant rWGS reaction would lead to a carbon monoxide yield close to   50 %  . If the produced water reacts by methane steam reforming (12) or in the gasification of deposited carbon (2),   Y CO   would rise again. As can be seen in Figure 7c,   Y CO   decreases with an increase in temperature or in the amount of carbon dioxide in the feed. At   1300   K   and larger carbon dioxide feed concentrations especially, the carbon monoxide yield tended to   50 %  . This is an indication of increasing relevance of the rWGS reaction.



Finally, Figure 8 presents the variations of carbon dioxide and hydrogen in the feed. The measurements were conducted at   1300   K  . In part (a) of the Figure 8, the methane and carbon dioxide conversion is shown. Even without carbon dioxide in the feed stream, the methane conversion decreased with an increasing amount of hydrogen. A retarded methane decomposition in the presence of larger hydrogen partial pressures was also described by Kassel [19] for lower operation temperatures, but was not confirmed by Skinner et al. [20] at temperatures above the temperatures in this study. Despite the decreased methane conversion, the average hydrogen molar fraction in the reactor was increased by   24 %   for the hydrogen inlet fraction of    x  H 2 , in   = 0.029   and by   63 %   for    x  H 2 , in   = 0.067  . To a reduced extent, increasing methane conversion with an increasing amount of carbon dioxide was also observed for the measurements with hydrogen in the feed stream. The carbon dioxide conversion increased significantly through the addition of hydrogen. This was especially the case for low concentrations of carbon dioxide. According to the discussion above, the most reasonable explanation is the acceleration of the rWGS reaction. The high sensitivity regarding the hydrogen partial pressure supports this suspicion, as the reaction rate of the rWGS reaction increases with an increasing hydrogen partial pressure [36].



The hydrogen yield, presented in Figure 8b, was slightly reduced for the largest amount of hydrogen in the feed stream. The general trend of a decreasing   Y  H 2    for larger carbon dioxide concentrations was observed for each hydrogen feed concentration. The carbon monoxide yield was not clearly affected by the amount of hydrogen in the feed stream (see Figure 8c).




3.4. Carbon Characterization


During the TDM measurements, the majority of the carbon produced was deposited on the ceramic bed material, but also in the void between the bed material. From optical microscopy images, it was revealed that the carbon in the void was deposited as fibers with a diameter of 1–2 μ m . The fibers begin to grow on the surface of the already deposited carbon on the bed material. As shown in Figure 2, carbon is deposited at the entire cross section of the reactor. Qualitatively a homogeneous distribution of the deposited carbon is obtained, which suggests a homogeneous gas distribution and homogeneous reaction temperature. The formation of fibers on top of carbon covered bed material is mostly observed for metal catalyzed TDM [37] but also for carbon catalyzed TDM [38]. While the formation mechanism of carbon fibers in metal catalyzed TDM is well described, the fiber formation mechanism for carbon catalyzed TDM is not fully understood. To the best of the knowledge of the authors, the formation of carbon fibers in non-catalytic TDM has not even been reported yet. This observation could be connected to the investigation of large residence times, which are typically not in the parameter range of other studies in the literature. In order to investigate the microstructure of the carbon qualitatively, Raman spectroscopy measurements were conducted. In the literature for non-catalytic TDM at temperatures similar to this study, graphitic films are reported to be deposited carbon type [39]. Therefore, commercial graphite was analyzed as a reference. The carbon samples were produced during TDM measurements at   1300   K   and varying gas flow rates of pure methane.



In Figure 9 images of the produced carbon and the associated Raman spectra are given. As is well known from the literature that graphite has a characteristic line at   1583    cm  − 1     also called the G band. Additionally, a line appeared at approximately   1350    cm  − 1    , which is related to disorder or defects in the sample (D band), and its overtone at   2700    cm  − 1     (D* band) occurs [40]. Unlike graphite, the carbon samples were characterized by a high intensity D band and a less intense G band. The intensity of the D* band was also reduced, but another small line at   2950    cm  − 1     occurred. Despite the different macroscopic appearances of the samples, the Raman spectra of the carbon samples are very similar, which suggests that the microscopic structure did not differ greatly. In conclusion, the carbon samples had a highly disordered microstructure. Qualitatively, the Raman spectra of the samples are similar to those observed after longer operations of TDM in combination with different carbon catalysts [41].





4. Conclusions


The non-catalytic thermal decomposition of methane was experimentally studied in a temperature range of 1250–1350  K  for varying residence times and feed gas compositions. Experiments were conducted in a packed continuous flow reactor composed of aluminum oxide ceramic. The carbon produced was mainly deposited on the bed material, but also in the void as fibers with a thickness of up to   2   μm. During a continuous experiment of six hours, no self catalytic effect was observed. Raman spectroscopy measurements of the produced carbon revealed a highly disordered mircostructure.



The observed methane conversion was up to   0.554   at a hydrogen yield of up to   97.6 %  . Acetylene and ethylene were found to be the main byproducts. If small amounts of carbon dioxide were added (up to a tenth of the amount of methane supplied) the hydrogen yield dropped down by up to ten percentage points. The carbon dioxide conversion increased with an increasing temperature and decreased for increasing amounts of carbon dioxide. At   1250   K   the methane conversion remained almost constant, but at   1300   K   a slight increase was observed, which was probably related to an increasing reaction rate of the   CO 2  -reforming reaction. The yield of carbon monoxide tended toward   50 %   with increasing temperature and carbon dioxide. This suggests that the reverse water gas shift reaction occurs. Hydrogen has an inhibiting effect on the methane decomposition reaction. Additionally, the carbon dioxide conversion was increased, which also supports the occurrence of the reverse water gas shift reaction. The observed carbon dioxide conversion was up to   44.1 %  .



The large decrease of the hydrogen yield due to carbon dioxide in the feed suggests that the amount of carbon dioxide in the feedstock should be reduced as much as possible. Otherwise, it should be taken into account during the plant design. Therefore, a kinetic model considering the main global reactions must be created. Based on the experimental results, the Boudouard reaction, the reverse water gas shift reaction and at temperatures above   1250   K  , the   CO 2  -reforming reaction are expected to play important roles.
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Figure 1. Schematic representation of the experimental setup. 
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Figure 2. Outer view of the reactor (left) and view in the reactor: after a thermal decomposition of methane (TDM) measurement at   1300   K   (upper right) and after the steam regeneration (lower right). 
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Figure 3. Methane conversion dependent on of the operation time for   25   mol . %   methane diluted in nitrogen at   1250   K  . 
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Figure 4. Measured methane conversion dependent on the total flow rate for pure methane and   25   mol . %   methane diluted in nitrogen at   1250   K  . 
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Figure 5. Experimental results for the TDM dependent on the flow rate at   1250     and   1300   K  . (a) Methane conversion, (b) molar fraction of acetylene and (c) molar fraction of ethylene. 
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Figure 6. Methane conversion and hydrogen yield dependent on of the temperature at a constant flow rate of   1   Nl / min  . 
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Figure 7. Experimental results for the TDM dependent on the molar fraction of carbon dioxide in the feed at   1250     and   1300   K   at a constant flow rate of   1   Nl / min  . (a) Methane/carbon dioxide conversion, (b) hydrogen yield and (c) carbon monoxide yield. 
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Figure 8. Experimental results for the TDM dependent on the molar fractions of hydrogen and carbon dioxide in the feed at   1300   K   at a constant flow rate of   1   Nl / min  . (a) Methane/carbon dioxide conversion, (b) hydrogen yield and (c) carbon monoxide yield. 
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Figure 9. Raman intensity plots of carbon samples deposited on the ceramic bed material and in the void space as fibers. Carbon samples were produced during a thermal decomposition measurement at   1300   K   and varying gas flow rates of pure methane. 
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Table 1. Overall reaction rates and average molar concentrations for the experiments presented in Figure 4. The molar concentrations were calculated by recalculating the experiments with a plug flow reactor model.






Table 1. Overall reaction rates and average molar concentrations for the experiments presented in Figure 4. The molar concentrations were calculated by recalculating the experiments with a plug flow reactor model.





	
    V ·  tot    in    Nl / min   

	
     x  CH 4 , in   = 1    

	
     x  CH 4 , in   = 0.25    




	
   c  CH 4 , mean     in    mol /  m 3    

	
   −  r  CH 4   d V    in    mol / s   

	
   c  CH 4 , mean     in    mol /  m 3    

	
   −  r  CH 4   d V    in    mol / s   






	
0.1

	
   5.9470   

	
   2.5003 ×  10  − 5     

	
   1.3422   

	
   5.4638 ×  10  − 6     




	
0.15

	
   6.1286   

	
   3.5152 ×  10  − 5     

	
   1.4598   

	
   8.1973 ×  10  − 6     




	
0.25

	
   6.3867   

	
   5.3175 ×  10  − 5     

	
   1.6540   

	
   1.2609 ×  10  − 5     
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