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Abstract

:

A process simulation model was created using Aspen Plus to investigate the hydrodeoxygenation of 4-propylguaiacol, a model component in lignin-derived pyrolysis oil, over a presulphided NiMo/Al2O3 solid catalyst. Process simulation modelling methods were used to develop the pseudo-homogeneous packed bed microreactor. The reaction was conducted at 400 °C and an operating pressure of 300 psig with a 4-propylguaiacol liquid flow rate of 0.03 mL·min−1 and a hydrogen gas flow rate of 0.09 mL·min−1. Various operational parameters were investigated and compared to the experimental results in order to establish their effect on the conversion of 4-propylguaiacol. The parameters studied included reaction temperature, pressure, and residence time. Further changes to the simulation were made to study additional effects. In doing so, the operation of the same reactor was studied adiabatically, rather than isothermally. Moreover, different equations of state were used. It was observed that the conversion was enhanced with increasing temperature, pressure, and residence time. The results obtained demonstrated a good model validation when compared to the experimental results, thereby confirming that the model is suitable to predict the hydrodeoxygenation of pyrolysis oil.
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1. Introduction


Pyrolysis of biomass, a renewable source, is noted to be an attractive process to produce biomass-derived fuels due to its economical and operational advantages. The operational advantages of the pyrolysis process are the requirement of no flue gas clean up, and the economic advantages of the pyrolysis process are based on the fact that many of the feedstock pre-treatment steps are not necessary when compared to other waste management processes [1]. A clean fuel may be regarded as producing lower toxic emissions, such as sulfur, when compared to conventional fossil fuels [2]. It involves the decomposition of a substance with the use of heat in the absence of oxygen [1]. Biomass feedstocks (e.g., non-food lignocellulosic) can undergo fast pyrolysis to produce fuels [3]. In fast pyrolysis processes, the biomass feedstock will decompose rapidly to produce mostly vapours and aerosols, gas, and charcoal. Following cooling and condensation, a mobile homogeneous liquid (bio-oil) can then be achieved which has a heating value of approximately 50% of what typical fuel oils have [4,5]. Typically, the cellulose derived compounds are studied, as opposed to the lignin derived compounds; thus, there is the opportunity to explore the reaction kinetics for these lignin derived components [6].



The liquid bio-oil product can be further processed using hydrogen under high temperatures and pressures to remove heteroatoms such as oxygen, sulfur, and nitrogen. The hydrodeoxygenation (HDO) process is a desirable method to process oxygen containing compounds (acids, aldehydes, alcohols, and phenols) for fuels. This method is more superior to other methods, such as catalytic fast pyrolysis, in terms of lower conversion efficiencies [7]. We would like to investigate this promising process by selecting the compound 4-propylguaiacol as the foundation for investigating the HDO process in a plug flow microreactor. This is due to the fact that 4-propylguaiacol possesses similar characteristics to a few of the most important lignin-derived compounds observed in pyrolysis oil such as benzene, phenol, and guaiacol. The presence of these specific components in pyrolysis derived oil is the origin of polymerisation and coking during the HDO at higher temperatures greater than 300 °C. By performing a study on the HDO of 4-propylguaiacol, a better understanding of the mechanism and kinetics for the upgrading of pyrolysis oil can be achieved [3,8].



The majority of HDO studies have been investigated on an experimental basis. Shu et al. [9] researched the catalytic HDO of phenolic compounds using a highly dispersed 2 wt.% Ru/TiO2 catalyst. It was found that the high dispersion of the of Ru led to the highly efficient HDO of bio-oil. Furthermore, a 91.3% selectivity was observed during the reaction of guaiacol to cyclohexane, under reaction conditions of temperature 260 °C and 145 psig H2 pressure. The reaction system was also well suited to the upgrading of pyrolysis oil derived from cotton straw, and a product yield of 32.4% and 57.6% for hydrocarbons and alkylphenols, respectively, was achieved at 280 °C. In addition, the hydrocarbon yield increased to 41.4% when the reaction temperature was increased to 300 °C.



Zerva et al. [10] studied the HDO of phenol and biomass fast pyrolysis oil over 10% Ni/ZrO2 and 10% Ni/WO3-ZrO2 catalysts. The study was performed in a fixed bed reactor under mild conditions of 435 psig H2 pressure and temperatures from 50–250 °C. The results showed that the Ni/ZrO2 catalyst achieved a 100% conversion and maximum selectivity at 110 °C towards cyclohexanol in the phenol HDO experiments. The addition of WO3 in ZrO2 provided enhanced acidity and demonstrated a total HDO of phenol to cyclohexane at lower reaction temperatures of 150 °C. Furthermore, the Ni/WO3-ZrO2 catalyst generated a liquid product consisting of predominantly alkyl-cycloalkanes and fewer alkyl-benzenes at reaction conditions of 210 °C and 435 psig H2.



Tran et al. [11] investigated the HDO of bamboo derived guaiacol using Ni/γ-Al2O3 and Fe/activated carbon (AC) catalysts. A 91.52% conversion of guaiacol to cresol and 1,2-dimethoxybenzene was achieved under atmospheric pressure and 300 °C with the Fe/AC catalyst. Furthermore, using constant reaction conditions, the Ni/γ-Al2O3 catalyst, which was calcined at 450 °C, achieved a 96.88% guaiacol conversion, producing 13.03% of cresol, 58.98% of 1,2-dimethoxybenzene, and 27.99% of 3-methyl guaiacol. The liquid products obtained using the Ni/γ-Al2O3 catalyst had a wider variety of compositions when compared to the liquid products obtained with the AC catalyst. Furthermore, the Ni supported catalyst promoted the deoxygenation pathway by dehydration, as well as the demethoxylation and transalkylation reaction pathways.



In order to fully interpret the effects of the HDO process, some studies have performed mathematical modelling exercises to understand the interaction with components under different conditions. Lv et al. [12] investigated the fast pyrolysis of biomass in a dual fluidized bed reactor and the HDO of bio-oil using Aspen Plus. The results showed that if the pressure drop decreased from 4 to 1.5 psig, the total exergetic efficiency increased from 68% to 69%. This suggested that the effects of pressure drop were minimal on the fast pyrolysis of biomass. Furthermore, the exergetic efficiency increased from 69% to 76% provided that the char undergoes partial combustion and matched the minimum heat required for the pyrolysis reaction. The exergy destruction is mainly present in the mild HDO units, the separation of mild HDO products and the detailed HDO. Nonetheless, this efficiency can be enhanced by recovering the excess heat from the exhaust gas. It was concluded that by only considering the desired product, the total exergetic efficiency of the plant is 57% and 49% via fast pyrolysis and HDO of biomass, respectively. As a result, combining the fast pyrolysis process with the subsequent HDO can be considered a highly efficient conversion process.



Bagnato et al. [13] investigated the process and techno-economic analysis based on the catalytic HDO of biomass derived fast pyrolysis oil using Aspen Plus. The results showed that, based on a processed bio-oil capacity of 10 Mt/y, the resulting economic potential was found to be 38,234 MM$/y. Furthermore, the insoluble bio-oil generated light gasoline and diesel fuel products with values of 22.22 and 18.87 $/GJ, respectively. Additionally, the water-soluble bio-oil was further upgraded to generate 51.43 ton/day of chemicals which had an equivalent value to the market price. It was concluded that the bio-oil plant created using Aspen Plus generated a return of investment of 69.18% with a plant lifecycle of 30 years.



Shemfe et al. [14] investigated the heat integration for a bio-oil hydroprocessing plant using Aspen Plus. It was found that the optimum energy and cost performance was achieved with a steam to carbon ratio of three, as opposed to higher studied values of four and five. Furthermore, an improved economic performance can be achieved by using the waste heat from the second HDO reactor effluent to heat the feed to the first HDO reactor. This design also resulted in a lower capital cost.



Even though many of these processes are often investigated in larger conventional reactors, microreactors have gained an increasing attention recently in fuel production industries. These miniature devices are associated with high surface area to volume ratio, enhanced mass and heat transfer, and reduced residence times. In addition, microreactors allow reactions to occur under milder conditions (lower temperatures and pressures), encouraging a more green and sustainable practice when compared to larger conventional reactors [15]. Furthermore, the production capacity can be scaled up (i.e., by numbering up these devices to increase the production output) to improve the efficiency of production capacity [15,16,17]. Packed bed microreactors can retain very high mass and heat transfer coefficients, whilst enhancing the catalyst mass to reactor volume ratio in the reactor. Furthermore, reactor loading is easier and there is a potential for catalyst replacement [18].



The HDO of bio-oil in microreactors is often investigated on an experimental basis, so there is great potential to explore this catalytic process using mathematical modelling processes. Some studies have investigated the HDO of bio-oil using computational fluid dynamics (CFD) [8,19,20,21] and process simulation modelling methods using Aspen Plus (for example [12,22]). Furthermore, only a few studies have explored the HDO of 4-propylguaiacol, and only a few HDO studies have been conducted in microreactors. This adds to the novelty and innovation of the current work. The current study aims to investigate the HDO reaction using Aspen Plus as the theoretical methodology. The kinetics of lignin-derived compounds from pyrolysis oil are not often studied. Therefore, the current work will enable greater understanding of the reaction kinetics and pathways regarding the upgrading of pyrolysis oil. In this study, the catalytic HDO of 4-propylguaiacol to 4-propylphenol has been studied in a packed bed microreactor over a NiMo/Al2O3 catalyst. The process Simulation model was developed in Aspen Plus using Langmuir Hinshelwood Hougen Watson (LHHW) kinetics. Parametric studies were performed to assess the effects of reaction temperature, pressure, and residence time to determine their effects on the conversion of 4-propylguaiacol. The results obtained were then validated with experimental data from literature to evaluate the strength of the simulation model and can be further used to improve the performance of the microreactor.




2. Results and Discussion


2.1. Effects of Temperature


The modelling results generated by Aspen Plus were compared to those from the available literature. This was done to validate the model and determine the accuracy of the predicted theoretical results. The model was compared with the experimental results for a microreactor operating under 300 psig and between 250 and 450 °C. The experimental work found that the conversion of 4-propylguaiacol had an error of +/− 5%. The process modelling results were compared to CFD results from our previously published study [8]. The current Aspen-based model is a simple pseudo homogeneous model, where the catalyst bed and fluid phases are treated as one phase. On the other hand, CFD enabled us to develop a more sophisticated heterogeneous model [8], where model equations were applied separately to the catalyst bed and the reaction mixture component phases. Figure 1 shows the comparison between the results obtained experimentally and the results predicted by the process simulation model and CFD model. The simulation model aligns well with the experimental data for a reactor temperature below 400 °C. The results demonstrate that the conversion increases in a proportional manner when the temperature is increased. The CFD results also show a sound validation, with the process simulation results demonstrating good validity. Therefore, process simulation modelling can be used to study the catalytic HDO of 4-propylguaiacol with a very good validation when compared to CFD modelling and experimental results. This shows that the results obtained by incorporating the fluid flow conservation equations can be likened to the process simulation results for predicting the catalytic HDO of bio-oil in microreactors. Process modelling is often less arduous and has significantly shorter computational times when compared to CFD methodologies, thereby making process modelling an excellent tool to investigate the HDO of bio-oil in microreactors.



From the results, it can be observed that further increases in temperature lead to a slight deviation in the results. This may be because of the secondary side reactions occurring during the process [23], which is not considered in this work due to the lack of kinetic data in open literature [8]. The compound 4-propylphenol is regarded as the sole product in this study because of its higher selectivity when compared to the other secondary products from this reaction such as 4-ethylphenol, 4-propylbenzene, phenols, and cresols.



Similar results were obtained by Leng et al. [24] investigating the HDO of three model compounds of bio-oil using a NiFe/γ-Al2O3 catalyst. The results showed that the yield of ethyl oenanthate increased from approximately 15% to 97.9%, with an increasing temperature from 300 °C to 400 °C. On the other hand, the conversion of furfuryl alcohol and benzyl alcohol was greater than 85% at 300 °C, and hence the effects of temperature were higher for ethyl oenanthate. The results obtained for the effects of temperature on ethyl oenanthate were consistent with the results of the current study.




2.2. Effects of Pressure


The proposed model was used to investigate the effects of the inlet hydrogen pressure on the conversion of 4-propylguaiacol using a constant reactor temperature of 400 °C. The range of pressures used was 240 to 480 psig, and the resultant conversions were observed. The results depicted in Figure 2 show that the conversion increases with increasing pressure. This is to be expected because as the pressure increases, the concentration of the reactants increases; hence, the conversion of 4-propylguaiacol is improved. The results obtained from the modelling were contrasted to the results obtained during the experimental work, and a good comparison between the data is observed. The experimental results show that at pressures greater than 400 psig, the conversion remains relatively stable [3]. This is because, at higher hydrogen pressures, there is the maximum adsorption of hydrogen on the surface of the catalyst particles.



Similar results were obtained by Su-Ping [25], who studied the HDO of bio-oil derived from the fast pyrolysis of biomass. The catalyst used was a cobalt molybdate in an autoclave reactor. The effects of pressure were studied at a reaction temperature of 375 °C with a reaction time of 10 min. The results showed that the hydrogen pressure had a small effect on the deoxygenation. This was due to the use of the tetralin solvent, which is a good hydrogen donor and can transfer active hydrogen and is not affected by changes in the hydrogen pressure. This is consistent with the experimental results in the current work.



Furthermore, Dimitriadis et al. [26] studied the HDO of lignocellulosic biomass derived pyrolysis oil over a NiMo/Al2O3 catalyst. The results showed that higher pressures favoured the catalyst life expectancy. Furthermore, lower pressures resulted in lower deoxygenation, resulted in heavier molecules, and favoured the production of CO. Higher reaction pressures led to higher reactant conversions. It was concluded that the longest catalyst activity was observed at the highest pressure of 1015 psig.



In addition, Patil et al. [27] studied the HDO of bio-oil using guaiacol as the model compound using a Ni-Mo/ZrO2-Al2O3 catalyst. The effects of pressure on the reaction were studied using three different pressures of 290, 435, and 580 psig, with a constant reaction temperature of 330 °C in tetralin. The results showed that the conversion of guaiacol and product yield increased with an increasing temperature from 290 to 435 psig. Any further increases in the pressure resulted in the conversion and product distribution remaining constant. Therefore, the optimal conditions were concluded to be a reaction temperature of 330 °C and a 435 psig hydrogen pressure. The findings from this study were consistent with the results observed in the current work.




2.3. Effects of Residence Time


The effects of residence time on the conversion of 4-propylguaiacol was also investigated by varying the length of the reactor (catalyst loading) from 0.18 to 0.3 m. The flow rates (liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1), pressure (300 psig), and temperature (400 °C) were kept constant to determine the effects of residence time on conversion. Figure 3 displays the results acquired where it is seen as the residence time increases, the conversion of 4-propylguaiacol is higher, as the reacting fluids spend a longer time in the reactor.



Su-Ping et al. [25] studied the effects of reaction time of the HDO of bio-oil derived from the fast pyrolysis of biomass. It was found that increasing the reaction time resulted in a decrease of the oxygen content in the liquid. At the beginning of the reaction, it was observed that the oxygen was removed much easily. Further increasing the time caused the deoxygenation rate to gradually decrease. Bio-oil contains various oxygen groups, as a result the deoxygenation of each oxygen group is different. This can explain why at the start of the reaction the oxygen was removed quickly. Nonetheless, the catalytic activity during deoxygenation was decreased.



Ausavasukhi et al. [28] investigated the HDO of m-cresol using a Ga-modified HMFI catalyst in a continuous flow fixed bed reactor. It was found that the conversion of the m-cresol feed increased with increasing space time. Furthermore, the results showed that a significant increase in the yields of phenol and heavier phenolic compounds was observed when increasing the space time to approximately 6 h. Increasing the time further resulted in a decrease of phenol and oxygenated compounds, whilst the yields of C1, C2-C6 hydrocarbons, benzene, toluene, and xylene gradually increase. Taghvaei et al. [29] investigated the HDO of guaiacol in a plasma reactor. The effects of the feed flow rate were studied using varying flow rates of 3, 6, and 9 L·h−1. The results showed that increasing the feed flow rate led to a decreased residence time which resulted in a decrease of the guaiacol conversion. The results obtained from the study are comparable to the trend observed in the current work.



Figure 4 shows how the vapour phase mass composition of 4-propylguaiacol and 4-propylphenol vary along the length of the reactor, respectively. The results displayed show that the vapour phase mass composition of the reactant 4-propylguaiacol decreases along the length of the microreactor, and the vapour phase mass composition of the product 4-propylphenol increases along the microreactor. This is the expected result because as the reaction rate declines along the length of the microreactor, the amount of 4-propylguaiacol consumed also increases. As a result, a greater amount of 4-propylphenol is produced.




2.4. Effects of Adiabatic Conditions


The microreactor configuration was then altered to operate adiabatically (i.e., the plug flow microreactor was well insulated to minimise the effects of heat transfer (no heat exchange with the environment)), and any temperature variations from the initial inlet conditions will be due to the heat released from the reactions only. Subsequently, the conversion of 4-propylguaiacol obtained, using this configuration, will differ from that of the isothermal design. Table 1 illustrates the results achieved for the adiabatic case. It can be noticed that when the temperature effects of the reaction are considered, the conversion is slightly higher than that of isothermal conditions.



Figure 5 shows how the temperature of the reaction varies with the length of the microreactor. From the graph, it can be observed that the reaction is exothermic; as the length of the reactor increases, the temperature also increases. Figure 6 shows how the duty varies along the length of the microreactor under isothermal conditions. The results show that as the microreactor length increases, the duty decreases. During isothermal operating conditions, a larger amount of cooling will be required as the reaction progresses along the plug flow microreactor.




2.5. Effects of Equation of State


To examine the effect of the equation of state, the Peng–Robinson equation was changed to the Redlich–Kwong–Soave equation of state during the process simulation modelling. Figure 7 shows the comparisons between the two equations of state used. The results show that there is not much variation in conversion with the different methods used rendering it irrelevant. However, despite the lack of variation in results obtained with both equations of state, the Peng–Robinson method was selected for the study. This was due to the fact that the Peng–Robinson equation has demonstrated superiority over the Redlich–Kwong–Soave equation when predicting subcritical properties such as vapor pressure and enthalpies of vaporisation [30]. Nonetheless, both equations of state are suitable to be used with the reactor model produced. In addition, similar results are obtained when other suitable equations of state are used to solve the model in the current work.





3. Modelling Methodology


3.1. Process Description and Mathematical Formulae


As the simulation results are based on experimental work from Joshi et al. [3], we have replicated the experimental reactor and process conditions from the experimental work. Further details of the experimental work and schematic diagram of the experimental set up can be found in [3]. The process operates under isothermal and steady-state conditions. The equation of state selected for the model is Peng–Robinson, and the model is assumed to be pseudo-homogeneous. However, the vapor-liquid equilibrium is still accounted for by the Aspen Plus simulation exercises. The type of reactor is assumed to be a pseudo homogeneous plug flow microreactor with dimensions as per the following: length = 180 mm, and internal diameter = 0.762 mm (the PFR block was selected in ASPEN Plus to represent this). The concentration of 4-propylguaiacol is 1.1 M in pure hexane, the specified liquid flow rates include the hexane. The catalyst utilised for this study is a pre-sulfided NiMo/Al2O3, and the mass of the catalyst is 0.026–0.19 g. The bed porosity (ε) is 0.3, and the catalyst particle density is 580 kg m−3. The pressure drop of the microreactor varied between 10 to 29 psig along its body depending on the length of the microreactor [3].



Figure 8 displays a schematic diagram of which the process simulation model is based.



Larger scale packed bed reactors will require the use of larger sized catalyst particles, and this can lead to pore diffusion limitations within the reactor. As a result, lower reactant conversions are observed [31]. Using smaller sized catalyst particles can diminish this problem. However, it may lead to excessive pressure drops within these larger reactors. Microreactors can eliminate the problem of large pressure drops due to their small size, as well as enhancing the mass transfer.



For the wide variety of catalytic surface reactions, the Langmuir–Hinshelwood mechanism is often regarded as preferred mechanism [32]. The Langmuir–Hinshelwood mechanism is based on a reaction of two types of molecules proceeding on a surface in which both molecules are adsorbed at the same surface adsorption sites. The surface reaction is regarded as the rate determining step [33]. The LHHW expression of catalyst kinetics is used to calculate the rate of reaction and was utilized in Aspen Plus to model the microreactor. This kinetic model is comprised of a kinetic factor, a driving force expression, and an adsorption term. The general LHHW expression is given by [34]:


  r =    (  k i n e t i c   f a c t o r  )   (  d r i v i n g   f o r c e   e x p r e s s i o n  )     (  a d s o r p t i o n   t e r m  )     



(1)







The kinetic factor can be expressed as:   k  T n   e    − E a   R T       following the Arrhenius first order equation, where k is the pre-exponential factor in the Arrhenius expression, Ea is the activation energy (J·mol−1), and a temperature dependence can be expressed through the exponent n. The driving force expression describes the number of the reactants in the fluid phase, each with their own reaction order considering the forward and backward (reversible) reactions. The driving force expression is depicted as follows:


   k 1  ∏  C i      α i    −  k 2  ∏  C j      β j     



(2)




where, k1 and k2 represent equilibrium constants. The adsorption term is expressed as:


     (  ∑  K i   (  ∏  C j      v j     )     )   m   



(3)




where, Ki represents the adsorption constant of each chemical species, i and j represent the chemical species. The basis of concentration for the driving force and the adsorption terms is the fugacity raised to the power of the concentration for the forward and backward reactions. It is imperative to express the equilibrium and adsorption constants in the subsequent format to calculate their reliance on temperature:


  ln  ( K )  = A +  B T  + C ln  ( T )  + D T  



(4)




where, A, B, C, and D represent constants. The Peng–Robinson equation of state is highly suited for handling systems, which contain hydrocarbons, water, and air [35]. The equation implemented was in the form shown below as [35]:


  P =   R T   v − b   −   a  ( T )    v  (  v + b  )  + b  (  v − b  )       



(5)






  b = 0.07780     R  T c     P c     



(6)






  a  ( T )  = a  (   T c   )    ·   α  (   T R    ,   ω  )   



(7)






  a  (   T c   )  = 0.45724    R 2   T c    2     P c     



(8)






   Z c  = 0.307  



(9)






   α   1 2     (   T R    ,   ω  )  = 1 + k  (  1 −  T R      1 2     )   



(10)






  k =   037464 + 1.54226 ω − 0.26992  ω 2   



(11)




where, a is the attraction parameter, b is the van der Waals covolume, v is the molar volume (m3·mol−1), R is the gas constant (J·mol−1 K−1), and Tc and Pc are the critical temperature (K) and pressure (Pa), respectively. Z is the compressibility factor, w is the acentric factor, and k is the characteristic constant.



The reactor energy balance, coupled with the material balance, can determine the heating or cooling requirements. The energy balance for the packed bed reactor can be given as:


    d T   d W   =     r ′  A     Δ H    R x    ( T )  −   U a    ρ b     (  T −  T a   )    ∑  F i   C  P i      



(12)




where T is the reaction temperature, r’A is the rate of reaction (mol·m−3 s−1),   Δ  H  R X     is the constant heat of reaction (Kj·mol−1), U is the overall heat transfer coefficient (W·m−2 K−1), Ta is the ambient temperature, Cpi is the average heat capacity of species i (J·K−1), a is the heat exchange area for the packed bed reactor (m2),    ρ b    is the is the bulk density of the catalyst (kg·m−3), and Fi is the molar flow rate (mol·s−1) [36].




3.2. Reaction Pathway and Kinetics


Figure 9 displays the single reaction utilised for the process modelling for the HDO reaction. The experimental result for the reaction suggests that the reaction kinetics are determined by the surface reaction step for competitive reaction with non-dissociative adsorption of hydrogen. This was used in this study and the reaction kinetics are defined by using the LHHW kinetics thus:


  −   r ′   4 P G   =   k  (   K  H 2      e q l    C  H 2    )     (   K  4 P G      e q l    C  4 P G    )     (  1 +  K  H 2      e q l    C  H 2    )     (  1 +  K  4 P G      e q l    C  4 P G    )     



(13)







The rate expression suggests that the reaction can be considered a pseudo-first order with regards to hydrogen and 4-propylguaiacol. The kinetic constants from rate equation derived from the published experimental results are listed in Table 2, which were used to validate the model described previously in this work. The pre-exponential factors, activation energy and heats of adsorption for the reaction are listed in Table 3.





4. Conclusions


The catalytic HDO of bio-oil has been theoretically investigated in this study by selecting 4-propylguaicol as the model compound in a microreactor. The HDO of bio-oil in microreactors is mainly studied on an experimental basis, so there is great potential to perform these studies on a theoretical basis. Experimental work can often be regarded as time consuming and costly, whereas theoretical modelling exercises can offer detailed information on reaction parameters such as temperature, pressure, and concentration, within the reactor with minimal effort.



The results obtained from the process modelling performed in Aspen Plus for the catalytic HDO of 4-propylguaiacol to 4-propylphenol show a very good agreement with the experimental results utilised from literature, as well as the results achieved from the CFD study. The results show that the conversion of 4-propylguaiacol increases as the temperature increases. The deviations in the model and experimental results are observed for reactor temperatures greater than 350 °C. The discrepancy between these results is due to the % yield of other major reaction products which are not considered in this work, as the compound 4-propylguaiacol has been solely chosen for investigation. From the qualitative analysis of the experimental results, it is deduced that the process simulation model agrees significantly well with the experimental data. Further parametric studies revealed that the conversion is enhanced when pressure and residence time are increased, as well as when adiabatic conditions are used. The parametric studies performed in this study revealed that the highest conversion of 4-propylguaiacol is achieved at a reaction temperature of 450 °C, and pressure 500 psig.



The process simulation software, Aspen Plus, provides a good foundation based on mass and energy balances, mass, and heat transfer, as well as reaction modelling and phase equilibria to depict the HDO of 4-propylguaiacol in microreactors. Building on the Aspen Plus capabilities we developed a simple innovative reactor process model incorporating phase equilibrium calculations. Both the CFD and process modelling exercises have generated similar results which suggests that both methods could be used to study the catalytic HDO of bio-oil in microreactors. Nonetheless, process modelling can potentially offer less computational times and does not require as much computing power. To conclude, this model can be utilized to present the HDO of other compounds present in bio-oils derived from pyrolysis. Future exploitation of our results should be directed towards enhancing fuel output by means of scaling up the microreactors, and their potential use for offshore fuel production.
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Nomenclature




	   −   r ′   4 P G     
	reaction rate for HDO of 4-Propylguaiacol (mol·g−1 h−1)



	  k  
	reaction rate constant (mol·g−1 h−1)



	    K  H 2      e q l     
	equilibrium constant for hydrogen (L·mol−1)



	    K  4 P G      e q l     
	equilibrium constant for 4-Propylguaiacol (L·mol−1)



	    C  H 2     
	concentration of hydrogen (mol·L−1)



	    C  4 P G     
	concentration of 4-propylguaiacol (mol·L−1)



	   E a   
	activation energy (J·mol−1)



	F
	molar flow rate (mol·s−1)



	  R  
	ideal gas constant (J·mol−1 K−1)



	  ε  
	bed voidage



	a
	attraction parameter (atm·L2·mol−2)



	b
	van der Waals covolume (L·mol−1)



	v
	molar volume (m3·mol−1)



	T
	Temperature (°C)



	P
	Pressure (Psig)
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Figure 1. Comparison between the experimental and modelling findings. Reaction conditions: Pressure, 300 psig; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 
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Figure 2. Effect of inlet hydrogen pressure on the conversion of 4-propylguaiacol. Reaction conditions: Temperature, 400 °C; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 
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Figure 3. Effect of residence time on the conversion of 4-propylguaiacol. Reaction conditions: Temperature, 400 °C; pressure, 300 psig; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 
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Figure 4. Vapor phase mass composition along the microreactor for 4-propylguaiacol and 4-propylphenol. Reaction conditions: Temperature, 400 °C; pressure, 300 psig; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 






Figure 4. Vapor phase mass composition along the microreactor for 4-propylguaiacol and 4-propylphenol. Reaction conditions: Temperature, 400 °C; pressure, 300 psig; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1.



[image: Fuels 02 00016 g004]







[image: Fuels 02 00016 g005 550] 





Figure 5. Temperature variations along the reactor length. Reaction conditions: Pressure, 300 psig; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 
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Figure 6. Duty variations along the reactor length. Reaction conditions: Pressure, 300 psig; gas phase, hydrogen; liquid phase 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 
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Figure 7. Effects of different equations of state. Reaction conditions: Temperature, 400 °C, pressure, 300 psig; gas phase, hydrogen; liquid phase, 4-propylguaiacol; liquid flow rate, 0.03 mL·min−1; gas flow rate, 0.09 mL·min−1. 
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Figure 8. Schematic of the microreactor used for the implementation of the mathematical model. 
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Figure 9. Reaction pathway considered for the catalytic HDO of 4-Propylguaiacol to 4-propylphenol. 
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Table 1. Results obtained for isothermal and adiabatic reactor conditions.
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	Reactor Conditions
	Conversion (%)





	Isothermal (400 °C)
	55.60



	Adiabatic
	66.10
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Table 2. Numerical parameters and rate constants used for the described process simulation model [3]. Reproduced from Ref. [8] with permission from the Royal Society of Chemistry.
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	T (°C)
	  k   ( mol ·   g−1 h−1)
	K4PG (L·mol−1)
	KH2 (L·mol−1)
	R2





	250
	22.21 ± 0.77
	0.02 ± 0.002
	0.3 ± 0.004
	0.97



	300
	41.40 ± 4.21
	0.1 ± 0.01
	0.1 ± 0.01
	0.96



	350
	77.78 ± 0.01
	0.6 ± (9.7 × 10−5)
	0.02 ± (1.6 × 10−6)
	0.96
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Table 3. Reaction Pre-exponential factors, activation energy and heats of adsorption [3]. Reproduced from Ref. [8] with permission from the Royal Society of Chemistry.






Table 3. Reaction Pre-exponential factors, activation energy and heats of adsorption [3]. Reproduced from Ref. [8] with permission from the Royal Society of Chemistry.





	
Intrinsic Constant

	
Value






	
Pre-exponential factors




	
   k 0    ( ×   10  4    mol · g−1 h−1)

	
5.29 ± 0.66




	
   K  4 − P r o p y l g u a i a c o l , 0     ( ×   10  7    L · mol−1)

	
2.750 ± 0.14




	
   K  H 2 , 0     ( ×   10   − 8     L · mol−1)

	
1.6 ± 0.13




	
Activation energies and heats of adsorption




	
   E a    (kJ · mol−1)

	
33.86 ± 2.70




	
  ∆  H  4 − P r o p y l g u a i a c o l     (kJ · mol−1)

	
91.85 ± 2.69




	
  ∆  H  H 2     (kJ · mol−1)

	
−72.69 ± 2.63
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